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Fluid catalytic cracking (FCC) is one of the most important chemical units in oil 
refineries due to its economic benefits. This research work concentrates on 
improving the control system of the Model IV FCC unit where dynamic modeling 
and the control ability based on the (McFarlane et al., 1993) model. Different 
open-loop tests were carried out in the wash oil flow rate (F1) and the furnace fuel 
flow rate (F5) to find the FCC models using Sundaresan and Krishnaswamy (S&K) 
and fraction incomplete response (FIR) methods. The riser temperature (Tr) and the 
regenerator bed temperature (Tg) were chosen as the control variables while (F1
and F5) were selected as the corresponding manipulated variables based on the 
relative gain array (RGA). PI controller tuning parameters were evaluated using 
the internal model control (IMC) method and different closed-loop control 
responses were examined for both set point tracking and disturbance rejection 
changes. Additional adjustments to the IMC filter constant were employed to 
further improve the closed loop responses for the system. 

Fluid catalytic cracking (FCC) is one of the key processes in the modern day 
petroleum industry. The main purpose of a FCC unit is to upgrade high-boiling, 
high-molecular weight hydrocarbon fractions of crude oil, and heavy distillates 
such as gas oil or residues to more valuable lighter products mainly gasoline, and 
lighter gases. The catalytic cracker is the key to profitability in that the successful 
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process of the unit determines whether or not the refiner can stay competitive in 
today’s market [1].
Many FCC models have been investigated relied on various mathematical 
dynamic modeling assumptions related to network cracking reactions; and 
composition hydrodynamics. Some studies have only concentrated on the 
regenerator section in their models while others have studied the reactor. Many
works have included both the reactor and the regenerator together. Lee and Groves 
[2] developed a mathematical model of the fluidized bed catalytic cracking plant to 
give a description of the regenerator by assuming it as a simple stirred tank with a 
dense bed phase. But this model lacks detailed kinetics for the combustion of 
carbon monoxide and carbon dioxide that takes place in two regions of 
regenerator: solid part of catalytic surface and the homogeneous phase part. Lee 
and Groves proposed the three lumps model in the reactor (riser) section. 
McFarlane et al. [12] developed a dynamic simulator (Model IV) for the reactor-
regenerator system and auxiliary equipment (feed preheater, air lift blower, and 
wet gas compressor, etc.). This model described the dynamics of the catalyst 
circulation rate in FCC unit and the interactions between the outputs constrained 
variables such as the regenerator and the reactor. Cristea et al. [3] improved a new 
dynamic FCC model as a modern control theory based on the McFarlane et al. 
model for side-by- side FCC unit, assuming a bubbling-bed regenerator runs in the 
partial combustion (coke does not completely burn to CO2 and CO). Alsabei [4]

developed model IV depended on McFarlane et al. and Cristea et al. with a five-
lump model. It is covered the subsystems of reactor- regenerator, the main 
fractionator modeling. These features were able to solve the gasoline and diesel 
yields and estimating the impact of input initial conditions on the output variables. 
Many studies have been published about the relative gain array (RGA) method that 
is used for selection of suitable pairings between the output control variables and 
the manipulated variables. Hovd and Skogestad [5] proposed a completed selection 
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of best coupling control system study of a FCC unit. Their work relied on a linear 
model generated from nonlinear model of Lee and Groves. Fernandes [6] 
presented the appropriate loop pairings for both 2x2 and 4x4 control systems.
Ramachandran [7] developed the use of statistical analysis to predict the 
temperature riser dynamics in order to reduce the nonlinear system variability and 
maximizing gasoline productivity. Therefore, the aims of the present study are to 
develop a new mathematical model and to select the best possible pairing.

Figure (1) shows the description of a FCC unit [8]. The nonlinear model, along 
with steady state parameter values, is given below by McFarlane et al [12]. The 
model captures the major dynamic effects that happen in an actual FCC unit .It is 
multivariable, highly nonlinear system, several constrained variables and cross 
coupling interaction loops between input and output variables. McFarlane et al.
[12] provided an extensive mathematical dynamic model, which was integrated 
into the Simulink program for this proposed work. The McFarlane model covered 
the six major parts of the entire FCC unit: (1) Feed and preheated system (2) 
reactor (riser and stripper) (3) main fractionator column and wet gas compressor 
machine (4) regenerator (5) air combustion blowers (6) catalyst circulation lines. 
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Fig. (1) Process Diagram of FCC Unit.

Figure (2) illustrates Simulink block diagram, which was utilizes for dynamic 
modeling and control purposes. This Matlab Simulink program used and modified 
depended on the McFarlane et al. model was originally developed by Emad Ali 
from King Saud University [9]. The model ran in the simulator uses the Matlab
differential algebraic equation solver (ode45) with a simulation time equal to 1500 
minutes. The ode45 functions are used to solve the spatial ordinary differential 
equations for the regenerator. More details are shown in Appendix A as presented 
completely at McFarlane et al. model.
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Fig. (2) Simulink Program for Open-Loop Simulation

-

Several output variables which can be regulated in an FCC unit. For the 
proposed FCC process, the riser temperature (Tr), the regenerator temperature (Tg), 
and the level spend catalyst in standpipe (Lsp) were tested for control purposes. 
These control variables are all impacted by many input variables such as the wash 
oil flow rate (F1), the recycle oil flow rate (F4), and the flow rate of fuel to the 
furnace (F5). For instance, when the step values of F4 decrease, the final output 
variables values (i.e. Tr, Tg, and Lsp) also decrease. If the step values of F4 are 
increased, the final output values (i.e. Tr, Tg, and Lsp) increase. Figure (3) shows 
how the output variables (i.e. Tr, Tg, and Lsp) magnitude changes as a function of 
changing magnitude in the input variables (i.e. F4). These plots illustrate the 
nonlinearity of the process which if were a linear system would have no curvature.



NO.10

Figure (3) is result from different magnitudes in step size from the nominal base 
case value of F4 equal to 5.25 lb/s. The curves in this figure are caused by various 
magnitudes in step size from the initial steady state values. The process gain (K) in 
a positive direction is not equal to the gain in a negative direction for the nonlinear 
model in open-loop examination. On other hand, the linear model has the same 
values of the process gain at both directions.

Fig. (3) Operating values of function of increasing recycled oil 
flow rate

Figure (4) illustrates how the steady state gain (K) (defined as the ratio of output 
change over input change) varies as a function of the magnitude of the step size in 
manipulated variable (i.e. F4), and the effect of the initial step values on the
process gain. As presented in figure (4), as the final value of F4 is decreased from 
the initial value of 5.25 lb/s, all final values of gain relating Tr decrease which 
indicates a reduced gain and hence nonlinear behavior. Figure (4) shows that the 
K1, K2 systems are nonlinear and that the K3 system is approximately linear. The 
process gains (K1, K2 and K3) are simply the steady state change in the riser 
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temperature ( Trj) to the size of the input step change ( F4) at the different steady 
state values of F4. F4 means that the difference between the new step change and 
the initial steady state of F4. As F4 decreases, K decreases for all 3 sets of data.
More plots of K values versus the positive and negative values of the other 
manipulated variables ( F1 and F5) illustrate a same behavior, and are not 
presented in this work.

Fig. (4) The process gains of Tr against the negative final values of F4 

The FOPTD models of the FCC process parameters were basically evaluated 
from the FIR method and the S&K method (see tables 3&4). The generated FCC 
models were matched to data from the Simulator using the Simulink software for 
data generation. Several step tests were implemented in F1 and F5, respectively. All 
step tests in F1 and F5 were positive, and each step test has a different magnitude 
(i.e. +1, 5, and 10%). Figure (5) shows the curve fitting of the FOPTD transfer 
function to the Simulator data in different step changes in F5. It can be observed 
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from this following figure that the all FOPTD models are good fits to the Simulator
(McFarlane et al. data) data.

Fig. (5) Fitting of simulator data to generation model at various step changes

Bristol’s approach of the relative gain array (RGA) is one of the first important 
ways for measuring process interactions based on steady state initial conditions
[10]. The main goal of RGA is to choose the most important pairing of the 
controlled and manipulated variables in order to reduce the degree of interaction 
between control loops. The relative gain can be estimated from the following 
dimensionless ratio of open-loop gain to closed-loop gain at steady state operation 
conditions [11]:

(1)gainloop-closed
gainloop-open

ij
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When the sign of ij is negative, the closed-loop and open-loop parings run in the 
opposite direction and must be avoided to prevent providing an unstable process.

RGA =                                 (2)

Tr, Tg, and Lsp were selected first to be the output variables, and the input variables 
as F5, F1, F4 and a RGA scheme was performed for this work. It can be drown from 
this selection that the appropriate coupling of a RGA matrix for a 3x3 system leads 
to a higher condition number (CN) for all cases by pairing (Tr) loop with F5 and 
(Tg) loop with F1, and (Lsp) loop with F4 in order to avoid a negative sign of RGA 
main diagonal element matrix. These CN values clearly indicate a poorly 
conditioned process. So, a 3x3 control scheme was reduced to a 2x3 control system 
by removed one of three output variables. The two output variables (Tr and Tg)
were paired with three input variables (F1, F4, F5) respectively as a non-square 
RGA analysis for a 2x3 control system. Depended on their having small CN and 
acceptable values of (close to unity), the pairings of (Tr- F5) and (Tg- F1) show to 
be the most promising ones, for the proposed FCC process, riser reactor 
temperature (Tr) and regenerator temperature (Tg) are assumed as controlled 
variables and furnace fuel flow rate (F5) and wash oil flow rate (F1) are the 
corresponding manipulated variables. Table (1) illustrates two output variables (Tr,
Tg) with two input variables (F1, F5) as a square RGA analysis. This table shows 
that different relative gain values are created from different step changes in F1 and 
F5, as would be expected from a nonlinear process (see Tables 3&4). The table also 
gives the possible paring between the input variables and output variables, and the 
condition number for a Matrix (CN). CN is the ratio of the largest to the smallest 
nonzero singular values of a matrix. When CN is larger than 10, the system will be 
difficult to control (ill conditioned), while a well-conditioned system has a CN 
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roots of the eigenvalues of steady state gain matrix. The condition number also 
gives powerful information about the sensitivity of the matrix properties to 

ing Matlab 
for matrix analysis.

Table (1) RGA Matrixes of Several 2x2 Control Scheme Pairing

There are more comprehensive model-based design ways for tuning controllers. 
The most important method is Internal Model Control (IMC) [13] which allows 
model uncertainty and tradeoffs the closed-loop system performance against 
process robustness. IMC tuning for PI controllers is used for this work. The PI 
controller values based on IMC tuning KC and i, and also (a filter parameter 
amounts to the desirable feedback time constant) are estimated from table (2).
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For this work a model using FOPTD transfer function model may be written as:

G(s) = K
s+1 e-td (3)

Table (2) IMC Approximate Model Controller Tuning Rules

PI controller Form KC i
Recommended 

Choice of 
( > 0.2 always )

G(s) = Kc 1 + 1
i s KC = 2 +td

2K ( +td) i = + td
2   td > 1.7

The controller gain (Kc), and the reset time ( i) are considered very important to 
achieving a desired regulatory approach. The S&K and FIR methods were used to 
find the first order plus time delay (FOPTD) model parameters of Tr, and Tg that 
are derived from positive and negative step changes in F1 & F5, as presented in 
tables (3&4).

Table (3) FCC unit Model Parameters of Tr for ± Step Changes in F5 (G11)

Step Change 
(scf/s) K (0F.s/ scf) td (Min)
+1% 9.3 156 0
+5% 5.7 60.6 10.2
+10% 3.8 28.8 10.4
-1% 10.9 199.5 0
-5% 11.5 236.5 6.2
-10% 10.3 156.7 6
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Table (4) FCC unit Model Parameters of Tg for ± Step Changes in F1 (G22)

Step Change 
(lb/s) K (0F.s/ lb) (Min) td (Min)

+1% 32.6 158 7.6
+5% 18.3 65.7 15.3
+10% 11 36.2 12.7
-1% 39.1 213.7 4.9
-5% 37.8 182.9 9.4

-10% 35.1 155.4 13.6

The best selected FCC models tested for control purposes (set point and 
disturbance changes) are M10PF1, and M10PF5, as shown in table (5). The models 
(M10PF1 and M10PF5) are called for +10% step changes in (F1 & F5) from tables
3&4. The main concept of these FCC model values of the PI controllers selections 
were relied on a smaller controller gain values and a smaller CN (see tables 1, 
3&4) to assure stability and maximize productivity.

Table (5) PI Controller Tuning Parameters

FCCU Model Kc i (Min)

M10PF1 0.18 42.52
M10PF5 0.504 33.97

Figure (6) illustrates Simulink program of two feedback controllers controlling Tr,
and Tg. Different closed loop responses tests were proceeded on the FCC system 
and the results are explained below. It shows the Simulink interface and how the 
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two feedback controllers are connected to the modeling equations which are 
written in Matlab. This figure was discussed previously in section 2.

Fig. (6) Performing Two PI Controllers for Tr, and Tg Loops

Figures (7.a &7.b) show the closed loop responses for both Tr and Tg to a +2% 
increase in the Tr set point tracking change which was performed over a period of 
1500 minutes. It can be realized that the closed-loop performances with the 
feedback controllers depended on model M10PF1 for Tg and M10PF5 for Tr
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performed well, and have a quick response for both Tr and Tg to the desired 
operation set points.

Fig. (7.a) The Closed Loop Response of Tr to +2% Tr set point

Fig. (7.b) The Closed Loop Response of Tg to +2% Tr set point
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In the case of the disturbance problem scenario, it is assumed the +2%  increase in 
the flow of fresh feed to reactor riser (F3), figures (8.a &8.b) show the closed-loop 
dynamic system performances of the two controlled variables (Tr and Tg). As 
noticed from this figures, the closed-loop responses of (M10PF1 and M10PF5) for 
Tr, Tg to the disturbance change respond quickly. To prove that the responses of 
models (M10PF1, M10PF5) for Tr, Tg have the best values the Integral of the 
Absolute Value (IAE) method.

Fig. (8.a) The Closed Loop Response of Tr to +2% of F3
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Fig. (8.b) The Closed Loop Response of Tg to +2% of F3

To improve SISO of PI controller system performances, the M10PF1 parameters in 
table 5 were selected. The filter parameter ( ) of Tg was only used for the 
adjustment approach to disturbance changes in Temperature of fresh feed entering 
furnace (T1). Kc is a function of the filter parameter ( ). When the filter parameter 
( ) is adjusted, the value of Kc changes (see tables 2&6). The filter parameter ( )
value is 21.55 minute. The IAE method in the Simulink program was used to 
estimate the PI controller performances. The IAE performance index is determined 
using the following form [14]:

                          IAE= |e (t)| dt0 (4)

Where, e (t) is the error of the loop signal that can be defined as the deviation 
between the set point values and measured variable. The fresh feed temperature 
(T1) was ramped up and down by 3.940C over 600 second, and there is no ramp 
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function change effect of Tg loop on Tr loop, as given in figure (9) and table (6).
When T1 ramp change was made, the regenerator temperature reached the original 
set point. But the riser temperature achieved the new operating steady state of 535
0C. A comparison between the ( = 21.55) and ( = 8, 4, 2) responses of Tg shows 
that the response of ( = 2) has the best response based on the IAE criteria however 
the response is oscillatory. As a consequence a value of ( = 4) is preferred since it 
has good performance with minimal oscillations. The main idea of presenting 
controller transfer functions at each process loop (GCTr, and GCTg) in the plots is to 
verify that the controller process respond differently direction from the output 
controlled variables loops. Also, it can be concluded that ( ) value modifies in the 
Tr loop have no interaction loop impact on the Tg loop.

Table (6) IAE Performance Analysis of the Tg Loop to +8.5% of T1 Disturbance at
Simulation Time = 300 min

Study Case Kc
IAE Index at 
Positive Step 

Change in T1 in 
Tr Loop

IAE Index at 
Positive Step 

Change in T1 in 
Tg Loop

Case A1 21.55 0.18 2.84E+04 1.95E+04

Case A2 8 0.488 2.88E+04 8.61E+03

Case A3 4 0.97 2.90E+04 4.47E+03

Case A4 2 1.93 2.91E+04 2.28E+03
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Fig. (9) Comparison of the Various Filter Parameters ( ) Values in Tg Loop at +8.5% 
increases in T1

Finally, the closed-loop system responses of very small filter parameters ( ) did 
not perform well as compared to the bigger ( ) values responses for feed input 
disturbances changes. The closed-loop responses of proposed controlled variables 
at negative feed disturbance changes were not shown because they gave the same 
results as the positive disturbance changes. Figure (10) shows the selected filter 
parameter responses of ( = 3.5) at both negative and positive directions of ± 8.5% 
increase in T1. These selections were based on the good control responses and 
lower IAE values. These can lead to the increase of productivity of the FCC unit; 
can minimize time consumption and the interaction process loops.
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   Fig. (10) The selected filter parameters ( ) value in Tg loop at ± 8.5% in T1

According to the results gathered from this work, several important conclusions 
can be drawn. First of all, the FCC unit is obviously presented as a nonlinear 
process with different dynamic modeling behaviors. Linear PI controllers for Tr,
and Tg were derived from the nonlinear process through the use of a set of linear 
models that can be used to describe the process dynamic behavior. The closed-loop 
performance of the controllers based on M10PF1and M10PF5 models 
outperformed the others model based controllers for both set point and feed 
disturbance changes. It can be also noticed that the PI controller responses are
ultimately able to reject the disturbances. This technique however needs a 
significant long time to obtain the desired set points. In addition, the performance 
of the closed-loop system was improved when the filter parameter value ( ) was 
changed to optimize performance.
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Symbol State Variable Description
Alpcpc                  Cg                Csc                 FairFcokeFH

g                     
FgFscFsp

                            

F7                  F8                  

                  
MC

n                     
                                 

         
                   

Cross sectional area of lift pipe (8.73 ft2)
Heat capacity of catalyst (0.31 Btu/mol 0F)
Weight fraction of coke regenerated catalyst (lb Coke/lb Catalyst)
Weight fraction of coke on spent catalyst (lb Coke/lb Catalyst)
Air flow rate into regenerator (mol/s)
Production of coke in reactor riser (lb/s)
Burning rate of hydrogen (lb/s)
Force exerted by regenerated catalyst (lbf)
Flow rate of regenerated catalyst (lb/s)
Flow rate of spent catalyst (lb/s)
Flow into standpipe (lb/s)
Flow through combustion air blower suction valve  V6 (lb/s)
Flow through combustion air blower valve (lb/s)
Flow through lift air blower vent valve (lb/s)
Flow through wet gas compressor suction valve (mol/s)
Flow through wet gas flare valve (mol/s)
Flow through wet gas compressor anti-surge valve (mol/s)
Wet gas production in reactor (mol/s)
Flow of slurry to reactor riser (lb/s)
Flow of fuel to furnace (scf/s)                                                            
Combustion air blower throughput (lb/s)
Combustion air flow to the regenerator (lb/s)
Lift air blower throughput (lb/s)
Lift air flow to the regenerator (lb/s)
Spill air flow to the regenerator (lb/s)
Wet gas flow to the vapor recovery unit (mol/s)
Height of reactor riser (60 ft)
Effective heat capacity of riser vessel and catalyst (10000Btu/0F)
Effective heat capacity of regenerator mass (200,000Btu/0F)
Inertial mass of regenerated catalyst (2 l s2/ft)
Quantity of gas (mol)
Pressure at bottom of reactor riser (psi)
Combustion air blower suction pressure (psi)
Combustion air blower discharge pressure (psi)                                                               
Lift air blower discharge pressure (psi)
Reactor pressure (psi)
Reactor fractionator pressure (psi)
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R                
t                          
TatmTcomb,dTlift,dTlmTrTgT2                      T2,ssT3UAf                     

   
                      

                         

Hfu

Regenerator pressure (psi)
Wet gas compressor suction pressure (psi)
Enthalpy into regenerator, reactor (Btu/s)                                              
Enthalpy out of regenerator, reactor (Btu/s) 
Universal gas constant (10.73 f psi/lbmol R)
Time (s)
Atmospheric temperature (75 F)
Combustion air blower discharge temperature (190°F)                                 
Lift air blower discharge temperature (225°F)            
Furnace log mean temperature difference ( )                                 
Temperature of reactor riser ( )                      
Temperature of regenerator bed ( F)
Temperature of fresh feed entering reactor riser ( F)
Steady state furnace outlet temperature ( F)
Furnace firebox temperature ( F)                                                               
Furnace overall heat transfer coefficient (25 Btu/s)                         
Combustion air blower discharge system volume (1000 )                                                            
Combustion air blower suction system volume (200 ft)
Lift air blower discharge system volume (200 f )
Regenerator volume occupied by gas (ft3)
Velocity of regenerated catalyst (ft/s)
Inventory of carbon in regenerator (lb)
Inventory of catalyst in reactor (lb)
Inventory of catalyst in regenerator (lb)
Inventory of catalyst in regenerator standpipe (lb) 
Molar ratio of CO to air in stack gas (mol CO/mol air)  
Molar ratio of CO2 to air in stack gas (mol CO/mol air)
Heat of combustion of furnace fuel (1000 Btu/scf)
Density of air at regenerator conditions (lb/f
Density of catalyst in lift pipe (lb/f
Settled density of catalyst (68 lb/f                                                      
Average density of material in reactor riser (lb/f
Furnace firebox time constant (200s) 
Riser fill time (40s) 
Furnace time constant (60s)
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Appendix A:
A.1. Feed and the preheated system

= (F5 Hfu – UAf Tlm- QLoss) / (1)

= (T2, SS – T2) / (2)
A.2. Reactor model and coke and wet gas yield models

= FgCg+Fcoke-FscCsc-Csc dWr
dt

1
Wr (3)

dWr
dt = Fg-Fsc ................................................................. (4)

MCPeff dTr
dt = Qin- Qout (5)

Prb= P4+ rishris
144 (6)

dP5
dt = 0.833(Fwg-Fv11-Fv12-Fv13) ........................ (7)

dP7
dt =5(Fv11-F11) .................................................... (8)
A.3. Regenerator model

[(Wg+ Wsp) Cpc +MI] dTg
dt = Qin- Qout (9)

dCg
dt = dWc

dt - Cg
dWg

dt
1

WgdWg
dt =Fsc-Fsp                                             ………………………

dWc
dt = FscCsc-FH - FspCg+12Fair(XCO,sg+ XCO2,sg)
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dWsp
dt = Fsp-Fg                                           (

dP6
dt = 1

Vg,g R n dTg
dt +(Tg+459.6) dn

dt

Air lift calculations
d lift

dt = Fsc
vcat,liftAlp + airg- lift

1
fill (15)

A.4 Air blower
A.4.1 Combustion air blower
dP1
dt = R Tatm+459.6

29Vcomb,s FV6-F6 = 0 (16)
dP2
dt = R Tcomb,d+459.6

29Vcomb,d F6-FV7-F7 (17)
A.4.2 Lift air blower
dP3
dt = R Tlift,d+459.6

29Vlift,d F8-FV8-F9-F10 (18)
A.5 Catalyst circulation
dvg
dt = fg

Mg = 0 (19)
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Appendix B: The input variables of the FCC unit model
State Variable Description Symbol Initial Condition

Wash oil flow set point
Diesel flow rate set point
Fresh feed rate set point

Flow rate of Slurry recycle set point
Fuel flow rate to the furnace

Combustion air blower suction valve 
Combustion air blower suction vent valve 
Lift air blower suction vent valve position
Wet gas compressor suction valve position

Wet gas compressor suction vent valve 
Flue gas valve position

Lift air blower steam valve
Temperature of fresh feed entering furnace

Atmospheric temperature 
Atmospheric pressure

F1set
F2set
F3set
F4set
F5set
V6V7V8V9V11V12V13V14VliftT1TatmPatm

13.8 lb/s
0 lb/s

126 lb/s
5.25 lb/s
34 scf/s

1
0
0
0

95%
0
0

61%
42.4%

460.9 0F
75 0F

14.7 Psi

Appendix C: The steady state of the FCC unit model variables
State Variable Description Symbol Initial Condition

Regenerator temperature
Regenerator catalyst inventory
Regenerator carbon inventory

Weight fraction of coke on regenerated 
Regenerator standpipe catalyst inventory

Regenerator pressure
Catalyst density in the lift pipe

Combustion Air blower section pressure
Combustion Air blower discharge pressure

Lift Air blower discharge pressure
Reactor riser temperature

Weight fraction of coke on spent catalyst
Reactor catalyst inventory

Reactor fractionator pressure
Wet gas compressor suction pressure

Fresh feed temperature
Furnace firebox temperature

Quantity of gas

TgWgWcCgWspP6
liftP1P2P3TrCscWrP5P7T2T3n

1272 0F
273742.7 lb
1297.62 lb

8.7296 x 10-4 lb 
3566.8 lb
29.64 Psi

3.251 lb / ft3
14.63 Psi
35.19 Psi
40.5 Psi

995.13 0F
7.8432 x 10-3 lb 

101359.4 lb
23.52 Psi
22.68 Psi
667.26 0F

1607.55 0F
245.92 Mole
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